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PREFACE 
A series of thirteen experimental runs has been made. Five of 
these runs were made to\test the applicability of ~ first order l\lmped 
parameter model for predicting the dynamic behavior of distillation 
columns. The remaining eight runs were made to test the applicability 
of the model for feed forward control. These runs were conducted using 
binary and ternary systems. The data obtained show that the first order 
mode 1 accurately described the behavior of the column products. It can 
also be used £or feed forward control to maintain a constant bottoms 
product compositiop during the transient period following a change in 
feed composition. 
I wish to express my sincere thanks to Dr. R. N. Maddox for the 
guidance and advice that he gave me while serving as my research 
aqviser. I WO\lld also like to thank Dr. J. H. Erbar, Dr. J. B. West, 
and Dr. J. R. Norton for the advice that they gave as my Doctoral 
Advisory Committee. My thanks go to my research associate, M. D. Burps, 
for helping me build the equipment that was used in this study and for 
helping me make my experimental runs. 
I am indebted to the Oklahoma State University Computing Center 
for the use of its computing facilities. I wish to express my sincere 
thanks to the Dow Chemical Company for their fellowship grant which 
made this work possible. 
Finally, I want to especially thank my wife, Ruth, who has given me 
inspiration during my graduate study. 
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Members· ef the :chemi.cal ·eilgineering.'.px:ofession:·.are.·:becoming::.more 
and:more · :1:nterested in the automatic control of industrial processes. 
The control o~ distillation columns has received a large amount of this 
interest because distilling operations are found in almost every phase 
of the chemical industry. Also» distillation columns are frequently 
used in the final step of purification of a product; thus, accurate 
control of product compositions and/or colunm performance may be very 
important .. 
Stemming from this increasing interest in distillation column 
control is feed forward control. The use of effective and economical 
feed forward control of distillation columns can result in increased 
profits over the conventional feed back schemes because the distillation 
column can be operated with a constant product composition .. 
There were three major objectives of this study. The first of 
these objectives was to obtain experimental data to test the applica~.' .. 
bility of a first order lumped parameter model for predicting the 
dynamic performance of a distillation column. The second objective was 
. -
to determine if this model can. be used for feed forward control of a 
distillation column. The third objective was to determine if the sepa-
ration parameters in this first order model can, be predicted from 
The equipment used in this study was a ten-tray twelve-inch 
1 
diameter distUlat:ion column wh:l.ch was operated as a non-refluxed 
stripper. Experimental data were obtained for both a b.lnary system of 
benzene and toluene and a ternary system of benzene, toluene, and 
para ... xylene. The column pressure was maintained at ten ps1g for the 
binary runs and five psig for the ternary runso 
2 
CHAPTER II 
REVIEW OF LITERATURE 
Marshall and Pigford (13) proposed the first mathematical model 
that could be used to describe the dynamic performance of a distillation 
column in 19410 Their model was based on the equilibrium stage concept 
where the vapor and liquid leaving a given tray are in equilibrium. 
According to th~ equilibrium tray concept» each tray is considered 
individuaHyl) and in order to pred!ct the behavior of a column a sepa• 
rate equation must be written for each component on each tray. The 
'.-lj 
. f ~ ith : . th equation or tue A coimponent .1.n the n tray is 
(1) 
where 
th "" change in Uquli.d holdup of component i on the n tray 
with respect to time. 
change in vapor holdup of component i above the nth 
tray with .respect to tlime. 
L x + V y ... rate at which component i flows to n•l n-l1>i n+l nH 9 1 
th 
the n tray. 




All.thw-.gh the Manh.all.ll.•Pigford model is sound» it has several drawbacks. 
The most s~g~tfic'9ll!it of these drawbacks ts the vast number of simultane• 
ous eqiuations wh:ll.ch must be solved. For example» 1f a column has n 
trays ud ii. components then there are n times i simultaneous equations 
plus extenal heat and material balance equations which must be solved. 
Another drawback of thh model is that trays are not ideal. Thus~ some 
method of esUmaUng the efficiency of each tray is required. High 
speed computers were not in exhtene.e at the time that equation (l) was 
Urst presented. therefcn:·el) in order to make their model more usefulp 
Marshall and Pigford made the foll.llowi~g assumpUonu 
(1) constaimt moll.al overflow; 
(2) negU.gibll.e vapor holl.du.p above a tray; 
(3) approach to equiUbrium between the Uquid ou a tray and the 
vapor abowe the respective tray could be represented by a 
straight pseudo ... quiU.brium U.ne. 
These assumptions enabled Marshan and Pigford to obtain a solution 
to the differential equations; however\) the accuracy of the model was 
reduced. The ass\impth:,111 of neglligi!.bll.e wapor holdup is usually a good 
assumption. 9 · but the assumption of cout,ant molal o,verflow requires that 
the molar heats of vaporization of the components be equal. The 
assumption of a straight pseudo--equUibdum Une requires that the 
concentration of the component be smaU. 
Rose 9 et all. (20p UI) 221) 23) appll.i!.ed equation (1) as the basic 
equation to a batch dlbtUll.ation column. T\ley avoided use of the 
Umi Ung assumpU. Oll'llS used by MmrshaU and. Pi_gf ord by programming the 
differ!lllntial equations on a ;digital compute,;. They found that because 
of the large wmber of si•ltuews equations to be solved!) the solutio,Xll 
of problems req,d.Nd a excessive milount of computer time. 
Rob:i.nsoi.1 and GUH land 09) developed an appirox:hnate g:rapMcal 
method for predicting the approach to steady state of a distillation 
column. Th.is method h restricted to columns expedenc:1,ng an upset 
caused by a change in feed composition. The assumption of ideal trays 
was also employedo 
Voetter (26) was one of the Hrst workers wli.th transient distil .. 
lation to combine experimental data with a theoretical analysis. He 
compared experimental data obtained with a single-section sixty•tray 
Oldershaw column with the Marshall .. Pigford equ&lt!ons. He found that the 
experimental and calculated values were close during the early portion 
of the transient periodi howevers, they dHfered considerably as the new 
steady state was approachedo 
Wilkinson and Armstrong (27, 28) presented experimental data ob• 
tained on a five~tray 9 four•inch diameter columno This work was per• 
formed on a complete cohl.mn.. A few years later 9 Armstrong and Wood O) 
published expet·imental and calculated results for a 21 .. tray distillation 
column. The upset was caused by a change in reflux rate. Their data 
showed good ag~eement between experimental and calculated results at the 
top of the column. However 9 there was poor agreement at the bottom of 
the columno 
Baber (2 9 3~ 4) in 1961 presented one of the most extensive experi-
mental and calculated studies of transient distillation column per-
formanceo He used an analog computer to program a series of differ• 
ential equatil.ons that were developed by Lamb and Pigford (9) 9 which 
were based on the Marshall=Pigford equationse Baber compared the 
results obte::i.ned witth the computer with his experimental data. The 
experimental equipment used was a fiwe-tray~ single ... section dist:l.UaHon 
colurnno The column was allowed to reach steady state at total reflux. 
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One of the operating variables such as reflux rate, reflux composition» 
or vapor rate was then changed. The flow rates and compositions of the 
various streams were determined before the step change was made, and 
the compositions were measured at intervals throughout the transient 
period. When the column reached steady state, the flow rates and compo-
sitions were again measured. Baber obtained good agreement between ex• 
perimental and computer results for a few of his runs. However, for 
the majority of his runs he was unable to obtain good agreement. 
Marr (12) presented a new concept for predicting the transient 
behavior of a distillation column in 1962. He proposed that in order to 
get away from the conventional and complicated tray-by-tray model, some 
parameter could be used to describe the degree of separation within the 
column. However, Marr considered all· aspects of the mechanics of con'"": 
struction of the column, thus complicating his model. Because of these 
additions, Marr 0s model was almost as complex as the tray•by•tray 
concept. 
Reynolds (18) presented a method whereby the degree of separation 
could be calculated easily thus shortening Marr's concept. Reynolds 
envisioned a distillation column as being composed of several sections 
in which th,re could be any number of trays. According to the section 
concept, as shown in Figure 1, a section of a distillation column 
is that part of the column which lies between the points at which 
either feed streams enter or product streams leave the column. 
According to Reynolds, the rate at which mass is transferred from the 
vapor phase to the liquid phase can be expressed by the equation 
v 
N. i nl) == 
where J i is the parame.ter which describes the degree- of separation nl) 
(2) 
Vt Yt i , 
Fxt . 
I l 
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Figure 1. A Distillation Column According to the 
Section Concept. 
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occurring in a section. The term (y* • y)n,i is the driving force for 
mass transfer in the section. 
Although equation (2) appears to be identical in form to the mass 
transfer equation 
N • K(y* "' y), 
there are fundamental differences between the. two equations. K is re• 
lated to the diffusivity in the conventional mass transfer equation. 
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The coefficient in equation (2), however, is not related directly to the 
physical properties of the. component being transferred. The coefficient, 
J i' is a parameter which describes the degree of separation occurring n, 
in a section and is an empirically determined factor. 
Reynolds developed a set of differential .equations for the : · 
transient behavior of the liquid and vapor streams leaving the section 
based on the idea of mass transfer in the section. Reynolds made two 
major assumptions in developing the equations. The first of these 
assumptions was that J 1 remains constant for small changes in column n, . 
conditions, and the second was const'ant molal overflow throughout the 
section. Reynolds attempted to prove his model by comparing values 
predicted with the model with experimental data, but he was unable to 
ob~ain good agreement. 
Osborne (14, 15) and Osborne, et al. (16, 17).felt that Reynolds' 
co~cept was basically sound. They extend_ed Reynolds' model to relate 
the net rate at which mass is transferred from the liquid phase with 
the net rate at which mass is transferred from the vapor phase. This 
relationship was found to be 
ff' n,i = J (y* - y) • n,1 . n,i (3) 
Osborne also presented a methQd for evaluating tbe separation paNmeter 
. " 
J 1• The equations presented by Osborne based on the vapor and liquid n, 
phase respectively are 
9 
J n,i • (4) 
J n,i - (L x • L x ) • n n'i n-1 n 121 • (Kx n•l,i • Yn+l,i (5) 
Osborne tested his model with data presented by Baber (2) and with data 
that he obtained experimentally. Osborne reported good agreement 
between experimental and calculated results for both sets of data. He 
was also the first person to present experimental ternary data for 
transient distillation. 
There have been only a small number of papers published on feed 
forward control of distillation columns. The most extensive work in 
this field of distillation has been presented by Iuyben (10, 11 ). He 
presented results of an analog simulation of a ten-tray and a forty•tray 
distillation column. The experimental work was conducted on the ten• 
tray, two-foot diameter column using the acetone-benzene system. The 
model used by Iuyben was based on an external material balance scheme. 
The deviation in product compositions was found to be very small during 
the transient period and was eventually reduced to zero. 
Shinskey (25) used a modification of the Fenske equation to develop 
a feed forward control model. Like Iuyben's model, Shinskey's model 
was based on an over-all material balance control scheme. 
Cadman, et al. (7) presented several methods to facilitate the 
design of feed forward controllers using linear calculational techniques. 
A steady-state Taylor series expansion of a nonlinear steady state model 
was used to estimate nonlinearities in the dynamic column performance. 
The authors report that this approach is limited to the description of 
column dynamics for disturbances about the points of U.nearization. 
10 
Distefano, et al. (8) verified a mathematical feed forward control 
model experimentally using a twelve•tray, ten•inch diameter column with 
a methanol-tertiary butyl alcob.ol system. The model that was tested 
was based on material and energy balances around various seet.i ons of 
the column. The authors report that overhead purity was maintained 
within Oo5 per cent of the initi.al steady state value. The model tested 
was virtually Umited to simple binary systems because of the large 
amount of computer t :I.me required to obtain a solution. 
Osborne (15 9 16) presented a feed f erward control model using the 
first order lumped parameter model described earlier in this chapter. 
He presented a mathematical solution t,o a hypothetical example.. Howevet; 
no experimental verification of the model was presented. 
An important part of the work presented in this pape.r was the 
verification of the feed forward control scheme presented by Osborne. 
This model lumps column parameters such as the number of trays, tray 
efficiencies, and h0ldup into one parameter. Thus, it is one of the 
least complex of all of the transient distillation models presented. 
This simplicity makes the model more economical to use ~han more complex 
models because less computer time and smaller computer size is required 




The exper:!J.mental apparatus consists primarily of a distillation 
column 9 condenser 9 reboiler 9 and six tanks for product collection and 
feed purposeso The dbtUl.ation co.lumn w.as operated as a non<;>reflu)!f;ed 
strippero It h twehrie· inches in diameter and contains ten Nutter float 
valve trays with twelve~!nch spacingo The trays have a twowineh weir 
height~ and a one and one-half•inch downcomer escape height. The 
down.comer area is 000702 square feet. The top tray is equipped with an 
entrance ba.f.fle for the feed streamo A detailed diagram of the column 
is shown i~ Figure 2o 
The reboUer i.s a u .. tube kettle reboiler manufactured by the 
Western Supply Company. The tube bundle consists of twelve three-
quarter ... inch steel tubes with a total surface of twenty ... three square 
feeto The kettle is twenty inches in diameter and six feet in lengtho 
Steam at fifty psig was usedo 
The condenser is a Ross BCF 603 copper and brass heat exchangero 
It: ls mounted vertically with condensation on the shell side. The 
condenser contains H6-0o62S. .. inch tubes which are 3lo5 inches longo 
Pumping was provided by two Eastern pumps. A two•stage model 
2JQ34D cast iron pump was used for a feed pump 9 and the bottoms product 
pump was a s~ngle 0 stage model F~34B cast iron pump. The distillate 
product flowed by gravity 9 and no pump was needed. 
11 
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Tankage was provided by six horizontal cylindrical aluminum tanks 
with a capacity of 250 gallons each. The tanks were mounted in three 
vertical rows of two tanks each. The piping to these tanks was arranged 
so that the distillate and bottoms products could be put into any of the 
six tanks. Feed could be withdrawn from the three bottoms tanks. In 
order to obtain a feed capacity greater than 250 gallons, two tanks 
• could be combined to serve as one 500 gallon feed tank. 
The flow rates of the liquid stream to the reboiler and the vapor 
stream from the reboiler were determined by measuring the pressure drop 
across an orifice. The flow rates of the feed and two products were 
measured with rotameters. 
The temperatures of the feed, products, and trays were measured 
with copper-constantan thermocouples. These temperatures were recorded 
with a Honeywell 24•point temperature .recorder. 
The column pressure was controlled using a Honeywell pressure 
recorder-controller and an air driven diaphragm control valve. The flow 
rates of the feed, bottoms product, and steam to the reboiler were 
controlled manually. The flow rate of the distillate was controlled by 
the amount of steam to the rebo:ller. 
Samples were taken using Asco Number 8314A•7S Solenoid valves and 
evacuated sample bombs. The sample bombs have a capacity of 380 cubic 
centimeters and over-all dimensions are twenty•seven centimeters long 
with a diameter of five centimeters. These samples ,..re analyzed on an 
F & M Model 500 Programned High-Temperature Gas Chromatograph with a 
Perkin-Elmer D2 Electronic Integrator. 
A schematic diagram of the distillation column and auxiliary 
equipment is shown in Figure 3. Fl,gures 4 and 5 are photographs of the 
column and equipment respectively. Figure 6 is a schematic diagram, and 
14 
Figure 7 is a photograph of th.e sampling system. 
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· ' Figure 4. Photograph of Column and Structure . 
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Figure 5. Photograph of Equipment 
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Figure s: Detail of Sampling System. 
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Figure 7. Photograph of Sampling System. 
CHAPTER IV 
EXPERIMENTAL PROCEDURE 
The column was started by filling the reboller with feed. Steam to 
the reboiler was then turned on. A bleed valve at the top of the column 
was opened to allow non-condensable gases to escape from the column. 
When condensable material first began to flow through the bleed valve, 
the valve was closed. Pressure then began to build up in the column 
until the pressure control valve opened. At this point, the feed pump 
was started with the feed rate set at the desired operating rate. The 
bottoms product flow was started at its desired operating rate. The 
distillate rate was then adjusted until the column was in material 
balance. Distillate rate was adjusted by adjusting the steam rate. 
Because of a shortage of feed stock, the distillate and bottoms products 
were recycled to the feed tank. The column was allowed to run two hours 
after the column pressure, temperatures, and flow rates lined out. 
Experimental data presented in Appendix G show that changes in product 
composition with respect to time were insignificant after this two hour 
running period. 
Dynamic Behavior 
The procedure for obtaining transient data to test the applicabili• 
ty of the lumped parameter model (15, 16) for predicting the dynamic 
performance of the column was to start the column and allow it to reach 
steady state. (Steady state is defined as the point where no measurable 
20 
change in product and tray compositions and temperatures occurs.) The 
feed composition was then changed by changing feed tanks. All other 
column parameters were kept constant. 
21 
Samples were taken from both products, the feed, liquid to the 
reboiler and vapor from the reboiler. These samples were taken starting 
with the initial steady state and ending when the feed stock in the 
second tank was depleted. This was an upset period of approximately 
fifty minutes. The samples were taken at time intervals ranging from 
about one and one-half minutes at the time of the feed upset to about 
eight minutes as the column approached a new steady state. In addition 
to the samples mentioned above, samples were taken from the vapor to the 
feed section during the initial steady state. 
The initial steady state data were used to evaluate the separation 
parameter in the lumped parameter model. The results from this model 
were compared with experimental data to determine the reliability of the 
model for predicting the transient behavior of the column. 
Feed Forward Control 
The procedure for obtaining feed forward cont~ol data was to start 
the column and allow it to reach steady state. Samples were then taken 
from the feed and distillate and bottoms products. The respective flow 
rates were recorded, and the column was shut down. The second or upset 
feed tank was also sampled. 'lbe initial steady state conditions were 
sinulated using tray-by-tray data from the o. s. u. Tray-by-Tray 
Program (6). These tray•by•tray data and the final feed composition 
data were used with a feed forward control computer program to predict 
the rate at which the bottoms flow rate had to be changed in order to 
maintain a constant bottoms product composition. The column was then 
22 
restarted and brought to the same initial steady state conditions. 
Samples were taken from the feed and distillate and bottoms products to 
assure that the same steady state conditions had been achieved. At this 
time the feed tanks were changed. A time of one minute was allowed to 
elapse between the time the feed tanks were changed and the time that 
the run was started. A timer was then started and the bottoms rate was 
changed according to the predicted rate. Samples of the bottoms product 
were taken at time intervals ranging from two minutes at the start of 
the upset to four minutes as the new steady state was approached to 
determine if any change in composition occurred. The elapsed time of 
one minute, which was determined experimentally for the feed rate that 
was used, was to allow the feed upset to reach the column from the feed 
tanks. Experimental data showing the feed profile test are presented 
in Figure 9. 
The bottoms flow rate was controlled manually. Therefore, the 
bottoms rate was changed in steps. The method used to determine the 
flow rate at each of these steps, which is similar to the procedure used 
·' 
in graphical integration, is illustrated in Figure 8 for run FFC 2-2. 
A curve of the computed bottoms rate response was divided into time 
intervals ranging from two minutes at the start of the upset to four 
minutes at the end of the upset period. The bottoms flow rate for each 
time increment was determined by a horizontal line which gave an equal 
amount of area above and below the horizontal line bounded by the 
bottoms rate response curve, the horizontal line, and the boundaries of 
the time increment. The bottoms flow rate was changed at the center of 
each time increment. 
Chromatograph Operation 
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Figure 8. 11 lustration of Method Used to Determine Bottoms Rate for 











In order to analyze the samples on. the gas chromatograph, the 
integrator and chromatograph were both turned on, and the chromatograph 
was allowed to reach thermal steady state. The balance needle on the 
integrator was used to determine when the chromatograph reached thermal 
steady st.ate. .Drift of the balance needle stopped when thermal steady 
state was achieved. The sample bombs were packed in ice prior to with· 
drawing samples from them. To analyze a sample; a small portion of the 
sample was extracted from the sample bomb by pouring it into a small 
pre-cooled glass bottlf!., .A two ffli¢ro•liter--portion .was then h1j~cted ;. 
into the chromatograph. The results of the analyses were recorded by a 
digital printer connected to the integrator. This information was 
recorded as frequency counts which are proportional to the amount of 
each component analyzed. The count fraction of each component in a 
sample was obtained by dividing the number of counts for a given com-
ponent by the sum of the counts for all of t.he components in the sample. 
The count fractions were converted to mass fractions using calibration 
data. The mass fractions were then converted to mole fraction. Further 
details on the chromatograph calibration are given in Appendix B. 
CHAP'l'.BR V 
DISCUSSION OF RESULTS 
The three major objectives of this project were to obtain transient 
experimental distillation data to 
(1) test the applicability of a first order lumped parameter model 
for predicting the dynamic behavior of distillation columns; 
(2) test the applicability of the lumped parameter model for use 
in feed forward control; 
(3) determine if tray•by•tray data could be substituted for 
experimental initial steady state data in the lumped parameter 
model. 
All experimental data were taken for a step change in feed compo• 
sition. A brief study was conducted to determine the type of feed 
profile actually obtained as t.he feed stream entered the column. The 
results of this study are shown in Figure 9. The data show that, for a 
feed rate of three gallons per minute, a total time of about two minutes 
is required for the feed composition to completely change. However, 
only about 0.6 minute is required for a ninety per cent change in feed 
composition. A feed rate of about three gallons per minute was used in 
each of the thirteen runs made. Data presented in Appendix G show that 
the column required approximately sixty minutes to reach a new steady 
state. Thus, only about 3.4 per cent of the upset period is required 
for the feed composition to change completely, and the feed upset can be 
• 
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Reproducibli Uty of sample analysis could be obtained within 000025 
mole fraction as shown in Tables VII and VIII in Appendix Bo Thus~ 
reasonable accuracy of analysis was obtainedo 
A brief study was conducted to determine the accuracy of this 
sampUng procedureo In conducting this study a standard solution of 
benzene and toluene w@,:s prepared and analyzed in t:ripl:l,cateo A sample 
was taken from the standard using an evacuated sample bombo The sample 
bomb was cooled arid a sample w:!.thdra:wn in the same manner used in 
analyzirlg aU samples.. The sample was then analyzed in tripUcate .. 
Thie results of this test are shown in Table I .. 
These d,ata show that th.e difference between the average of the 
three analyses of the standard and the average of the three analyses of 
the sample was 000004 moll.e fraction benzene.. These data also show that 
the t:dpUcate analyses were accurate to +000008 and ... o .. 0006 molie 
frs.cti OITTI benzene o Thus~ the .accuracy of the sampUng procedure h 
with.in the accuracy of the analysds .. 
A total of fllvre t'mws were made to test the appUcabUH:y of a first 
order lumped pat>,ameter mod~Jl. foii- pt'ad:lcting the dynamic behavll.or of 
.distHlaU1on ct0llumns., Four of these r11:u11s were conducted using a binary 
systemo The rema1nh1g run was made using a ternary system.. A summary 
of these runs is presented in Table II~ Data for two typical runs are 
p:tesented :tn ngu:res 10 and u.. The data for these runs are shown in 
Tables XI through XVI and Figures 28 through 31 in Appendix Go 
The tR·arishuAt irespo,111i:.1e cmrves obtained from the first .order lumped 
pai.ramete:r: model aria shown :itn Figures llOs n~ and 28» 29~ 30, and 31 in 
Appendi,c Go Th®s~ Hgures show that the column product composition 
TABLE I 


























SUMMARY OF DYNAMIC BEHAVIO.R RUNS 
Flow Rates 2 moles/hr. 
Feed Distillate 
Run Initial - Final , Ini Ual ; : Final 
2-1 15.366 15.491 6.076 6.297 
2.2 16.139 16.271 7.748 6.982 
2-3 16.003 16.364 5.655 6.347 
2-4 15.543 16.042 5.900 6 .. 680 
3 .. 1 14.048 14.020 7.343 6 .. 922 
Comeositions* 
Feed DistlUafle, Bottoms ...... ·, - Initl~l).· Fin'11 .. L Inltla1/.: · Final. Run Initial Final~ 
2-1 0 .. 5077 0.1231 0.7579 o.8929 0.3859 0.4782 
2-2 0.5838 0.6199 0.8021 0.8283 0.4224 0.4591 
2-3 0.5380 0.6592 0.7700 o.ssoo 0.4045 0.4816 
2-4 0.5379 0.6729 0.7420 0.8387 0.3775 0.4661 
3-1 0.4070-B 0.3687-B 0.6920-B 0.6622-B 0.1072•B 0.,0943-B 
0.4920·T 0.5238-T 0.2866-T 0.3128-T 0.7112-T 0.7200-T 
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coold be predicted accurtSitdy wah thie Hrst order modelo However~ the 
model did not act:ur.aitely predict the composition of the vapor from s,nd 
the liquid to the reboillero An attempt was made to fit these internal 
streamsg The accuracy for each of the product streams decreased as the 
acculrcu:y of the Ht of the internd streams hu::reasedo The results of a 
typh:d e1Camplle are shown in Figurre 12 for run 2 ... 40 
The hllab1Uty of the model to f:it the internal streams may be a 
result of some simp:Ufying assumptions used in developing the model., 
Th~ model was dev~loped using the assumptions that the feed section and 
the reboiler were theoretical stageso A comparison» shown in Table IIIj 
of experimental compositions of the vapor leaving the reboiler with 
values calculated for a theoretical stage shows that the reboHer is not 
a theoretical stageo Thus~ the assumpU on that the re boiler was an 
ideal!. stage h not w~Udo 
Work with the experimental equipment which was conducted after this 
project was 4::ompleted rreve.ailed that samples of the liquid stream leaving 
the feed section were hi e.rror., Thus 9 no data were obtained to .test 
the assumption that the feed tray was a theoretical!. st~geo 
The ini tid t!ompositicm of the wapor to the feed section was not 
obt~ined for runs 2Ql and z .. 20 However» this stream was sampl!.ed and 
an.atlyzed h the rem,d1ndng .three runso The purpose of analyzing this 
stnam was to obtain the best avaHab1le value of the separation para-
metelfSo The composition of this stream for :nrns 2 .. 1 and 2 .. 2 was calcu-
lated using the ~ssumption that the feed section was idealo However 9 
the accmraey of the computed tramsient response curve was not greatly 
increased when experimental data w~re used around the feed sectiono 
Thus 9 re.aisonab1e results ~illln be obta:lll:lled by substituUng eail!.culated data 
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Figure 12. Results of Attempt to Fit Model to 









RESULTS OF TEST TO DETERMINE IF THE REBOILER 
IS THEORETICAL STAGE 
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Experimental data~ presented in Tables XI to XV, show that the 
distillate composition changes rapidly with a change i.n feed composition. 
However, since the feed entered on the top tray, an almost instantaneous 
change in distillate composition could be expected. 
The bottoms composition was also found to change very rapidly with 
a change in feed composition. However, the rate at which the bottoms 
composition changed was slower than the rate at which the distillate 
composition changed. In addition the bottoms composition in runs 2·1 
and 2·2 was found to dl;'OP slight.ly before beginning to rise.. Also, 
the calculated curve of bottoms composition was found to drop slightly 
in a manner similar to the experimental da~a.. The reason for this 
drop in composition is not clear., However, the calculated bottoms 
composition curve is obtained from material balance equations thus indi· 
cating that the drop in bottoms composition is a material balancing 
phenomenon rather than heat balancing • 
. Feed Forward Control 
Eight runs were made to test the applicability of the lumped para• 
meter model for use in feed forward control. Five of these runs were 
made using the benzene-toluene system. The. remaining three runs were 
made using the benzene .. toluene-para•xylene system. A summary of these 
runs is shown in Table I.V • The data for these runs are show in Tables 
XVI through XXIII and Figures 32 through 37 in Appendix G. The computed 
bottoms rate response curves are presented in Figures 38 through 45 in 
Appendix G. Data for two typical runs are presented in Figures 13 and 
14. 
The results of this feed forward work show that the bottoms compo• 
sition could be kept constant for small feed upsets. However, as the 
36 
TABLE IV 
SUMMARY OF FEED FORWARD CONTROL RUNS 
Feed ,om:eosition1 m.f: Benzene 
Run Initial ·Final· Difference* 
FFC 2·2 0.4279 0.4779 0.0499 
FFC 2-3 0.5413 0.3910 0.1503 
FFC 2·4 0.4536 0.4661 0.01.25 
FFC 2-5 0.4577 0.4151 0.0426 
FFC 2·6 0.4071 0.4752 0.0681 
FFC 3•1 0.3026 o.3738 0.0112 
FFC 3·3 0.3858 0.4367 0.0509 
FFC 3 ... 4 0.3246 Cl.4223 0.0977 
Initial Bottoms : M•ximuni .. Pe'r Cent 'Jb'ror 
Per Cent Composition, ... in Bottoms Product, . Bottoms*" 
Run .· Upset m.f. Benzene · m.f •.. :Benzene · · ··•Error ·· 
FFC 2-2 11.7 0.26.59 3.7. 0.0098 
FFC 2·3 27.8 0.3764 13.9 0.0523 
FFC 2-4 2.s 0.2742 nil nil 
FFC 2-s 9.3 0.2877 3.8. 0.0109 
FFC 2·6 16.7 0.2553 14.7 0.0376 
FFC 3·1 23.S 0.1483 3.0 0.0045 
FFC 3-3 13,.2 0.2301 1.3 0.0029 
FFC 3-4 30.1 0.1769 5.2 0.0092 
*Difference = Initial• Final Feed Composition 
**Bottoms Erl;'or = Maximum deviation from initial ~-ott.oms composlUon 
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magtt:i.t.ude of the upset incrreasedl) the reU..abi l:l.ty of the model decreasa:.t. 
Figures 15 and 16 show the trend in :rel:l.ability with t.he magnitude of 
the feed upset.. Figure 15 is a plot of bottoms error 9 which :ts the 
ma.xhnum deviation of the bottoms product composition from the initial'·' 
suady state composition 9 versus the per cent change in feed compos:i.tiao 
Figure ll.6 is a plot of bottc,ms error versus the feed composition change 
in mole fr.actiono 
Figures 15 ,and 16 indicate that the feed forward c.ontrol model is 
more rel:l.abll.e for ternary systems than for binary systems.. However, 
when para"':!tt'.Ylene was ~dded to the systemj) the over ... all benzene concen"' 
tration decreasedo Thus the bottoms rate change was less for a ternary 
run than for a binary run with the same magnitude of feed upseto This 
can be further i Uustrated by compa.dng the bottoms rate response curves 
for rnns FFC 2 .. 6 al!'td FFC 3"'llo These curves are shown in Figures 42 and 
43 respecttvelyo The two response cur;,,es are almost idenUcalo However,, 
run FFC 2 .. 5 had a. feed upset of 16~ 7 per cent wb.Ue run FFC 3"'1 had a 
feed upset of 23o5 per oe~to 
A study was conducted to determine H tray .. by ... tray data could be 
used wH:b. the first cirder JI.umped pall:'ameter model to predict the 
trans:ient respcmse of dhtillat.ion columnso A summary of this study is. 
shoWlil in Tables V and VIo Table V shows the separation parameters which 
were obtahl,ed from both expedmental and t.ray0 by•tray data.. This tablle 
shows that the separation parameters for runs 2 ... 1 and 2 .. 2 differed by a 
f.a!Ctor of about 2.,0 for the two types of data!> Better agreement was 
obtdned b~t:ween the two methods of caleulation for runs 2 ... 3 to 3.,1 .. 
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J~Fa.ctor From Expedmental Data J•Factor From Tray-by-Tray Data 
Run Benzene Toluene p ... Xylene Benzene Toluene. p•Xylene · 
2-1 21.490 21.488 10.405 9 .. 678 
20.501 20.509 12.240 11 .. 282 
14.995 14.996 10.259 9.482 
2-4 7.143 7.143 7 .. 703 7 .. 184 
3-1 15.635 15.443 U.833 H.251 H.895 
43 
runs 2~1 and 2-2 may have been caused by the fact that the vapor to the 
feed section was not sampled during these two runs. This stream was 
sampled in runs 2-3 through 3•1. Thus, more accurate values of. the 
separation parameters were obtained for runs 2~3 through 3·1 than for 
runs 2·1 and 2q2. 
Since the separation parameters were not the same, Table VI was 
prepared to compare the product compositions which were predicted from 
the two types of data. This table shows the products composition which 
were calculated using experimental data and tray-by-tray data after 
twenty-five minutes of run time. It also shows that the product compo• 
sitions can be compared to two decimal places for most of the runs. The 
best fit of experimental data was obtained using experimental data as 
the starting point. 
Figures 17 and 18 show the transient response curves obtained 
using the two types of data for runs 2-1 and 2-4. Poor agreement was 
obtained between the two types of separation parameters for run 2·1 
while good agreement was obtained for run 2-4. The poor agreement for 
run 2-1 can probably be attributed to the large difference in separation 
parameters as shown in Table v. Good agreement was obtained between 
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TAB~ VI 
CALCULATED PRODUCT COMPOSITIONS* AFTER 
TWENTY-FIVE MINUTES INTO RUN 
Distillate 
·, ·. ·· ·· '·separation Parameter: Evaluated, From 
44 
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CONCLUSIONS AND RECOMMENDATIONS 
Conclusions 
The objectives of this research project were to obtain transient 
experimental data to (l) test the applicability of a first order lumped 
parameter model for predicting the dynamic performance of distillation 
columns, (2) test the applicability of the lumped parameter model for 
use in feed forward control, and (3) determine if tray-by-tray data 
could be substituted for e.xperimental data with the lumped parameter 
model. 
Five runs were made to determine the applicability of the lumped 
parameter model for predicting the dynamic behavior of the column. 
Experimental data from these runs were used to show that the product 
compositions can be accurately predicted with the lumped parameter 
model. However, the model cannot be used to predict the compositions of 
the internal streams. 
Eight runs were made to determine the applicability of the lumped 
parameter model for use in feed forward control. Experimental data show 
that the bottoms composition could be kept constant for small changes in 
feed composition. However, as the magnitude of the upset increases, the 
accuracy of the model decreases. This decrease in accuracy of the model 
with an increase in the magnitude of the feed upset was expected because 
the separation parameter is assumed to be constant for small changes in 
47 
48 
feed composttiono As the magnitude of the upset increases the validity 
of the assumption of constant separation parameter decreases. 
The program used to obtain feed forward control data was found to 
require a large amount of computer time to predict the bottams rate 
response. For example!> the binary runs required about the same amount 
of time on an IBM 7040 as actu·al operating time. The: ·terur,:,ruu · 
required about three tiMs longer to calculate the bottoms rate response 
than actual run time. 'Dlus, in order to be economically usable, a program 
of the model which requires less machine time must be'wrltten. The 
author believes that a faster program can be written. aie possible 
approach to this problem is to apply a polynomial curve flt to a n11111ber 
of computed bottoms rate response curves. A cross fit of these 
equations could then be used to compute the bottoms response curve for ...... 
a given feed upset and initial bottoms composition. 
The five runs which were made to determine the applicability of the 
lumped parameter model for predicting the dynamic behavior of the column 
were simulated using tray-by•tray data. These simulation data were used 
with the dynamic model to determine if tray-byutray data could be 
substituted for experimental data. A comparison of the results obtained 
from the two types of data show that the compositions of the two 
products were the same to two decimal places for most of the runs after 
twenty•five minutes of run time. The results of the teat show that 
experimental data give the best reproc:lucibtllty1> shown tn Figures 17 and 
18; however, tray-by•tray data can be used tn the abaence of expert• 
mental data to obtain reasonable results. 
'RecClllllendattona 
Same changes are recaanended for future studies of the dynamic 
49 
behavior of distillation columns. The dynamic model of' the column 
should be changed to inc.lude separation parameters for the feed section 
of the column and reboiler in order to determine if internal stream 
compositions can be predicted accurately. A new feed forward control 
program should be written to determine if the amount of computation time 
can be reduced. Also, some type of programmed control valve should be 





Af • count fraction of chromatograph. output. 
B • bottoms product flow rate, moles/hour. 
D = distillate flow rate, moles/hour. 
F = feed flow rate, moles/hou~. 
2 g = gravitational constant, 32.17 ft.•lbm./lbf.-sec. c 
h • enthalpy of liquid, BT~/lb.•mole. 
H • enthalpy of vapor, BTO/lb.-mole. 





in a column section, moles/hour-mole fraction. 
vapor liquid equilibrh.1m coefficient. 
liquid flow rate, moles/hour. 
net rate of mass transfer between phases, moles/hour. 
2 pressure, lb./in. absolute. 
Q = reboiler heat duty, Btu/hour. 
r 
S = cross-sectional area of the column, sq. ft. 
T oF. = temperature, 
t = time, hour. 
u = flow rate, cu. ft./min. 
V = vapor flow rate, moles/hour. 
Wf = weight fraction 
x = liquid composition, mole fraction. 
50 
y = vapor composition, mole fraction. 
z = height of the column section, ft. 
Greek I.et ters 
B = ratio of orifice diameter to pipe diameter. 
~ = holdup in a section or on a tray, moles. 
e = molar density, moles/cu. ft. 
Subscripts 
b = bottoms. 
d = distillate. 
f = feed section. 
i = component number. 
m = subsection number. 
n = section number. 
Superscripts 
* = equilibrium value. 
o = initial condition. 
Groups 
~ = total derivative with respect to time. 
f = partial derivative with respect to time • 
..e. = partial derivative with respect to distance. az 
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APPENDIX A 
CALCULATION OF PHYSICAL DATA 
CALCUIATION OF PHYSICAL DATA 
Vapor-liquid .aqui librium data, K, were calculated from the equation 
0 
K P. - F" , (6) 
where the vapor pressures P0 were calculated from the. Antoine equation 
o . B 
log P • A• (C + T) • (7) 
A, B, and C are experiment.ally determined coefficients which were found 
in Rossini (24). 
Tte.heats of vaporization, H , were calculated using the Clausius· vap 
Clapeyron equation 
dP 
- = dT 
H vap (8) 
The vapor pressure data needed for the above equation were obtained from 
the Antoine equation, equation (7). Differentiation of equation (7) 
gives 
. dP 2.303 BP 
-dT • 2 • 
(C + T) 
(9) 
Equations (8) and (9) were combined to obtain an expression for the heat 
of vaporization 
Hvap • PT ( 2.303 BP) (VG. VL) • 
(C + T)2 
The liquid molar volume,, vL, is much smaller than the gas molar, VG, 
(10) 
volume, and therefore was neglected. The molar gas volume was calcu• 




B0 is the second virial coefficient. 
The vapor enthalpies were taken from Rossini (24). Liquid 
enthalpies were calculated by subtracting the calculated heat of 





The samples which were collected in evacuated sample bombs were 
analyzed on an F & M Model 500 Programmed High-Temperature Gas Chro• 
matograph with a Perkin-Elmer Model 02 Electronic Integrator. The Model 
02 Integrator operates on the principle of voltage-to .. frequency con .. 
version. The output frequency is proportional to the input voltage. 
The output pulses are fed into a seven-digit decade counter. The counts 
are stored in the counter until they are read out and printed by a 
Kienzle Digital Printer. The sum of the output pulses i;s proportional 
to the peak area. 
The area or count fraction for each component can be calculated 
easily. Howeverj the count fraction by itself is not a common indi .. 
cation of composition. Compositions are generally reported on the basis 
of mole or weight fraction. The purpose of calibration was to convert 
the count fractions obtained from the chromatograph analysis to weight 
fraction. 
The combination of sample size and column temperature which gave 
the best reproducibility was determined prior to calibrating the 
chromatograph. This was done by analyzing a large number of duplicate 
samples for different sample sizes and chromatograph column temperatures. 
A column temperature of 135 °c and a sample of two micro-liters gave the 
lowest standard deviation of any of the combinatiol:ls of column tempera• 
ture and sample size used. 
Two different sets of calibration data were obtained for the two 
I 
SB' 
different systems used. Six samples were carefully prepared to cali• . . . . 
.·.lilt,;.!.· . ·#.,:.,.; .. , 
brate the chromatograph for the binary system, and eleven samples were 
used for the ternary system. Both sets, of samples covered the full 
x·ange of weight fractions that were obtained in the experimental data. 
The compositi_ons of these standard samples are shown in Tables VII and 
VIII. 
The samples were refrigerated before analysis to prevent .loss by 
evaporation. Multiple analyses were made for each sample in order to 
make the results as accurate as possible. The chromatograph results 
are shown in Tables VII and VIII. 
The next step in the calibration procedure was to correlate the 
weight fractions with the chromatograph output in terms of count 
fractions. Two different models were used for this correlation. The 
first model was the linear equation 
(12) 
The second model was the quadratic equation 
WFi • ai + bi Afi + Ci Af; • (13) 
The results obtained from these two models are presented in Tables IX 
and x. 
A comparison of the correlations indicate that the quadratic model 9 
equation (13 ), was the best fit for both the binary and the ternary 
system. These calibration data were used to convert count fractions 
to weight fractions which. were used to calculate the sample compositions 
in terms of mole fraction. 
TABLE VII 





























0 .. 40955 
0 .. 50815 
o.6osoo 
0 .. 70234 
o .. 79862 
Sample 
Compos! ti on, 
w .. f. 
0.80387 
o.59045 
0 .. 49185 
0.39500 




· Fraction of Maximum Count 
Chromatograph Standard Fraction Error 
Output Deviatiort · s+> ( .. 1 
0.20043 0.00065 0 .. 00086 0 .. 00139 
0.41585 0.00125 0.00246 0;00165 
o .. s1s16 0000132 0 .. 00241 0.00237 
0.61201 0 .. 00099 0.,00181 0 .. 00142 
0 .. 70948 0 .. 00122 0 .. 00234 0.,00204 
0.80489 0.,00056 0 .. 00058 0.,00145 · 
Toluene 
Averager··c-ount · · 
F:tacti on of Maximum Count 
Chromatograph Standard Fraction Error 






0 .. 19511 
0.00066 0.00139 o.ooa6 
0.00125 0.00165 Q.00246 
0.00131 0.00231 0.00241 
0.00099 0 .. 00142 0,.00181 
0.00122 0.,00204 0 .. 00234 





















































CHROMATOGRAPH CALIBRATION DATA FOR THE 



























o .. 71387 
0~88471 
Benzene 
Avelt:'.!ige · Count 
Fraction of 
Chromatograph Standard 




Oo28~99 0 .. 00057 
0.22560 0,.00023 
0~18737 0 ... 00031 
0.61034 0~00158 
0 .. 75304 Oe00128 
o .• 94062 0~00495 






Cut put Deviation 







0 .. 12022 0000067 
0.,01724 0 .. 00151 









0 .• 00123 0,.00179 
0.,00068 0 .. 00083 
0 .. 00023 0.,00034 
0000026 ·0.00036 
0.00111 0 .. 00198 
0 .. 00170 0.00139 
0000856 0.00516 







0 .. 00065 0&00035 
0000086 0.00064 
0.00030 0900060 
0 .• 00036 0 .. 00057 
0.,00061 0~00103 
0.,00099 0.,00117 
0 .. 00152 0.,00273 
Oc00127 0,,,00107 


































Fraction of Maximum Count 
Chromatograph Standard Fraction Error 
Oltput Deviation (+) (•) 
0.19648 0 .. 00121 0.00124 0.00175 
0.34282 0.00060 0.00094 0.00051 
0.38920 0.00115 0.00134 0.00108 
0.21043 0.00100 0.00094 0.00154 
0.15893 0.00050 0.00058 0.00047 
0.37845 0.00062 0.00088 0.,00059 
0.11741 0.00108 0.00147 0.00137 
0.12647 o.ooos2 0.00098 0.00130 
0.04214 0.00349 0.00363 0 .. 00583 
0.12433 0.00074 0.00112 0.,00092 
0.03141 0.00146 0.00164 0.,00217 
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FLOW METER CALIBRATIONS 
The meters used to measure the flow rates of the feed, distillate 
and bottoms products, and vapor from and liquid to the reboiler were 
cal! brated prior to taking experimental data. Rotameters were used t.o 
measure the flow rates of the feed and disti Uate and bottoms products. 
The remaining two stream flow rates were measured with orifice meters. 
The bott(i)DIS rotameter was calibrated by collecting and weighing 
three samples at recorded rotameter readings and time periods. The 
actual flow rate was calculated and a plot of the actual flow rate 
versus the rotameter reading in gallons per minute was constructed. 
The calibration data are presented in Figure 19. 
The feed rotameter was calibrated using the bottoms rotameter. 
Liquid was pumped through both rotameters and the flow'rates of the two 
rotameters were recorded. This. procedure was repeated for five 
different flow rates. The actual flow rates were determined using the 
bottoms rotameter calibration. The calibration data are presented in 
Figure 20. 
The distillate rotameter was calibrated in the same manner as the 
bottoms rotameter. Three data points were obtained. The results of 
this calibration are presented in Figure 21. 
The orifice in the liquid line to the reboiler was calibrated, in 
place, using the bottoms rotameter. A blind orifice was placed in the 
vapor return l:i.ne in order to prevent error caused by liquid entering 
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Figure 21. Distillate Rotameter Calibration. 
liquido The .feed pump was then started at a set flow rate and liquid 
was recycled through the. c.olumn.. The rate of the liquid leaving the 
70 
n:boUer through the bottoms product line was recorded using the bottoms 
rotamet.ero A set flow rate was maintained until the liquid recorde.r re.• 
malned constant for about ten minutes. Readings were then taken from 
the recorder chart and the rotamet:er. A plot of chart scale versus 
How rate in gallons per minute was preparedo 
In order to correct for changes in flow rate caused by temperature 
cHfference a density correction factor was employedo This correction 
was dedved from the orifice equation 
u • c 
·o 
2gc (Pl .. P2) 
~er :: p}> .• 
The orifice coefficienti, C II can be assumed-to be constant for small 0 . 
(14) 
changes in flow r.ate. Changes in Uqu:ld density caused by pressure can 
be neglected.. Therefore 9 for a given pressure drop» the density cor ... 
rection factor can be derived by dividing equation (14} evaluated at 
temperature T2 by the same equation evaluate4 at t~mperature T1• The 
following equation is t.hen obtained 
(ll.5) 
The results of this orifice calibration are presented in Figure 22. 
The orifice 1.n the vapor return line was calibrated in place using 
the liquid or!fice and the bottoms rotameter. Five points were at total 
reflux, and four data points were taken while bottoms product was being 
removed from the columno The total number of mo~es of vapor leaving the 
reboiler was calculated by material tialance, and the flow rate in cubic 














0 . . . 
0 . 1.0 2.0 · 3.0 4.0 - 5.0 . 6.0 "lO · . 8.0 · . 
FLOW RATE ( GPM) -
Figure 22;.: ·Liquid· Orifice Calibration. 
"'11 -
72 


















60 80 100 120 
FLOW RATE ( CU FT/ MIN) 









Tray .. by•tray data were used to simulate each feed upset run, in 
order to det.ermine if this type of data could be used to evaluate the 
separation parameter in the dynamic model. Also, tray•by•tray simu~ 
lation data were used to obtain data for the feed forward control 
program. The o. s. U. Tray•by-Tray Program (6) was used to 0btain tr,ay ... 
by0tray data for these simulations. 
The tray-by-tray data were obtained for integral numbers of theo• 
retical trays. The experimental column used did not give a separation 
equivalent to an integral number of ideal trays. Therefore, the tray• 
by•tray·data for a fractional number of trays was obtained graphically. 
The procedure used to simulate the column was ta obtain experiq 
mentally the necessary data, such as feed and distillate rates, and feed 
temperature and composition, for the o. s. U. Tray-by•Tray Program. 
Solutions were then obtained for four, five, and six theoretical trays. 
A plot of composition of the various streams versus tb.e number of trays 
was constructed using the rigorous data. The fractional number of ideal 
trays required to produce the experimental separation was found by the 
point where the distillate composition intersected the distillate line. 
This number of trays was checked with the bottoms composition. The 
composition of the internal streams required for the dynamic and feed 
forward control program was then obtained from the point where a plot of 
the respective compositions crossed the predetermined number of trays. 




The graphical simulation of run 2-3 is presented in Figures 24, 25j) 
and 26 in order to illustrate thh procedure. Figure 24 illustrates the 
method whereby the fractional number of ideal trays required to give the 
de.sired separation was determined. This figure shows that 4.27 ideal 
stages were required.. Figure 2.5 :i. llustrates the method used to obtain 
the compositions of internal streams, and Fi$U:r:e 26 illustrates the 
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Figure 24. Determination of Number of Ideal 
Stages Required to Simulate Run 
2-3. 
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Figure 26. Deter mi nation of Flow Rates of Internal Streams 
for Simulation of• Run 2-3. 
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DEVELOPMENT OF THE LUMPED PARAMETER MODEL (14, 15, 16, 17) 
The development of the lumped parameter model is based on the 
!Section concept whereby a distillation column is divided into sections 
in which there ean be any number of trays •. According to this concept, a 
section of a distillation column is that part of the column which lies 
between the points at which either feed streams enter or product streams 
leave the column. 
th th 
A material balance around the n · section for the i component ca.n 
be written as 
input - output = accumulation (16) 
where 
input = v y n+l. n+l:1i 
output 
.· d(V y i) + NV 
V . . . . + . n na d 
= n +l Yn + 1 ~ i e) z z n, i (18) 
(19) 
The output term is the sum of all material that leaves the vapor phase 
either by flow or mass transfer. The rate at which a component flows 
from the section is equal to the flow rate in (Vn+l Yn+l,i) plus the 
increase or decrease in the stream flow rate that occurs in the section 
d(Vn Ynzi) a z · dz. The mass transfer from th,e vapor phase is represented by 
v 
the term Nn,i. 
According to Reynolds (18), the rate at which mass can be 
St 
transferred from the vapor phase to the liquid phase can be expressed by 
the equation 
NnvQ i = • J i (y* - Y) i ' 
* n, n, 
(20) 
The term J. 1 is the parameter which describes the degree of separation n~ 
occurring in a section and (y* .. Y\,i is the driving force for mass 
transfer in the section. 
Using equations (17, 18, 19, 20} the mass balance can be written as 
d<b! Ynai) • 
at 
?>(V y 1) 
n n, . dz +· J i (y* • y) i • oz· n, n, 
If the change in height ~z is small, the partial derivative, 
o (V y . ) n n,1 
O z - , can be replaced by the approximation 




The term ~Vy 1 is now a function of time only; therefore, the partial n n, 
derivative with respect to time can be replaced by the total derivative. 
Assuming constant molal holdup, equation (22) can be used in equation 
(21) to obtain 
.A similar equation for the liquid stream can be writ,ten as 
dx s v n,1 = 
n dt 
L • (L x • L x ) • N · • n n,l · n•l n•l,i n,i 
The derivation of e~uation (24) is the same as the derivation of 
equation (23) except that the liquid streams are used. 
h L 1 V b i T e term Nn,i ean be shown to be equa to - Nil, i y equat ng 
(23) 
(24) 
equations (23) and (24) at steady-state conditions; thus equation (24) 
can be written as 
L dx . c n21 
0 n dt (25) 
Equations (23) and (25) are valid for any systems which meet the 
assumptions that were made in deriving them. However, some method must 
be developed for determining the parameter Jn,i. In order to evaluate 
this parameter, Osborne (14, 15) and Osborne, et al. (16, 17) made the 
assumption that the separation parameter remained constant for small 
changes in column conditions. In addition, since the function 
J 1 (y* • y) 1, which represents the net rate of mass transfer between nl) _ n,-
phases, is based on passing streams which cannot be measuredt some 
method of approximating the driving force for mass transfer had to be 
developed. Osborne solved this problem by developing the following 
expression 
(y* - y) -n,i (Kx)n•l,i "' Yn+l,i • 
(26) 
\ In developing equation (26) Osborne envisioned a section of a column as 
being subdivided into an infinite number of subsections. _The driving 
force for one of these infhdtestimal subsections can be represented by 
the equation 
(y* - y) = m,i (27) 
Equation (26) is obtained by summing equation (27) over all these 
subsections. 
Expressions for J • can now be written by substituting equation n,1 
(26) into equations (23) and (25) at steady state. These expressions 
are respectively 
and 




(L x ... L x ) 
n n21 · n-1 n-1 2i • 
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DEVELOPMENT OF THE FEED FORWARD CONTROL MODEL (14, 15, 16, 17) 
The development of the feed forward control model is an extension 
of the dynamic model developed in Appendix E. Heat and material 
balances are solved simultaneously after each time interval, ~t, in 
order t.o calculate the time rate of change of the distillate and bottoms 
d i d i i i i f the i th pro uct rates requ re. to ma nta n a constant compos t on .o 
component in one of these products. 
The feed forward control model that is discussed here is for the 
stripping column that was used to obtain experimental data. Such a 
column is shown in Figure 27. 
The holdup in the feed section is assumed to be negligible. Heat 
and material balances for the feed section can be written as 
(30) 
(i = 1, 2, •••, N) (31) 
(32) 
Since holdup in the feed section has been assumed to be negligible 9 
equations (30), (31), and (32) are valid at all times. If the feed 
section is assumed to be an ideal stage, the disti !late is in equi Hbri ... 
um with the liquid leaving the feed section. Thus, the distillate and 
the liquid leaving the feed section are related according to the 
equation 
(i = 1, 2, ···~ N). (33) 
Assuming that the column isat thermal steady-state at all timesj 
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Figure 27. · Stripping· Co I umn. 
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Sil.nee the stripping section has appreciable holdup, it wi 11 not neces= 
sarily be at steady-state with respect to component flow rateso 
Consequentlysi a dynamic model must be used to determine the compositians 
of the streams ].eaving the stripping sectiono Accordingly, the compo-
s:ll.tions can be expressed as 
t dx 
)0 ( 3~i)dt + X31li I t=o dt (i = 1, 2, OOOj N) (36) 
t dy 
)0 ( 3 ii 1 )dt + Y3 :I. I . (i = 1, 2, .,., N) • (37) dt ' t""O "" 
The first order lumped parameter model is used to evaluate the deriva"" · 
tiwe of the Uqull.d and vapor compositions as 
dx3J., 
"" ~ [12 x2l)i "' L3 X3~:1 - Ji (K2,i x2 . ·Y4,1>] dt 91 
(i "" l II 2, ooo, N) (38) 
dy3g1 
"" 1v[v4 Y4 i .. V3 Y3 11 1 + Ji (K2ji x2~1 .. y 4,i >] dt & ' l) 
(i = 1, 2, ooe, N) 0 (39) 
The first step in the calculational procedure is to determine the 
values of the separation parameter J 1 from the steady state operating 
conditions.. Once the separation parameters have been determined, the 
feed composition is changed to its new value in a step mannero The 
column is then restored to heat balanceo This operation is permissible 
because the column is all.ways in heat balanceo 
The new values of x~ 1 and y3 1 are then used to restore the column 
.:19 ';) 
89 
to heat b~llance.. The vapor bo:Uup rate is changed so as to bring the 
bottoms composition back to the desired value. 
FinaUy\) using the new vapor bo:Uup rate, the column is again 
restored to heat balanceo This procedure of calculating values of x391 
and y3919 heat balancingj) adjusting the vapor ratei> and heat balanc:!!.ng 
again is repeated until the column reaches steady state., 
The heat and material balance equations used for the reboiler are 
t dx 
( ( bpi )dt + '\61 
)0 dt ,, 
dxb~i 1 
dt- ~ s8 (L3 x3,i ~ (B xb,i - V4 Y4,1>] 






EXPERIMENTAL AND CALCULATED DATA 
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TABLE XI 
EXPERIMENTAL DATA .FOR !UN 2 .. 1 
Be:mzene•Toluene 
Initial 
Parameter Steady · S.t.ate 
Feed .Rate» moles/hr. 15.366 
Disti Hate Rate» moles/hr •. 6.076 
Bottoms Rate, moles/hr. 9.290 
Liquid to Reboiler Rate 9 moles/bro 34.613 

































































































EXPERIMENTAL DATA FOR RUN 2·2 
Benzene•Toluene 
Parameter 
Feed Ratep moles/hr. 
Disti Uate Ratep moles/hr. 
Bottoms Rate 11 moles/hr. 
Liquid to Reboi ler Rate II moles/hr. 
Vapor from Reboiler Rate 11 moles/hr. 


















































































































EXPERIMENTAL DATA FOR RUN 2•3 
Benzene •Toluene 
Initial 
Parameter Steady s.tate 
Feed Rate~ moles/hr. 16.003 
Distillate Rate, moles/hr. 5.655 
Bott.oms Rate~ moles/hr. 9.000 
Liquid to ReboUer Rate, moles/b.r. 36.789 
Vapor from Reboiler Rate» moles/hr. 24.640 
Vapor to Top 'Tray» m.f., o. 7587 
Stream Compositions* 
Time, Uquid to 
min. Feed Distillate Bottoms Rebo:ller 
-10.0 0.5370 0.7657 0.4091 0.4801 
- s.o o •. 5368 0.76~ 0.4051 0.4794 
.o.o o.sJao 0.1100 0.4045 0.4802 
1.5 o.6so1 0.8087 0.4041 0.4797 
3.0 o.6saa 0.8378 0.4056 004793 
4.6 .. 0.8450 004037 004866 
6.0 .. 0.8450 004043 0.4926 
9.0 - 008444 0.4097 005117 
12.0 Oo6562 0~8482 0.4148 Oo5156 
15.0 .... 008481 004240 005266 
18.0 • o.a41a 004319 0~5381 
22o0 o.6605 o.8466 0.4418 005470 
26.0 • ... 0.4526 005527 
30.0 .. 0.8521 0.4608 0.5604 
35.3 0.8508 0.4705 .. 
40.0 o.6592 0.8487 o •. 4944 0.5727 
45 .. 0 .. 0.4739 0.5780 
50.0 0.8500 0.4816 o.ssu 































EXPERIMENTAL DATA FOR RUN 2w4 
Benzene .. Toluene 
Imi.Ual F:l. n$l 
Parameter Steady . State Steady State 
Feed Rate~ moles/hr. 15.543 16.042 
Distillate Rate$ moles/hr. 5.900 6.680 
Bottoms Ratell moles/hr. 8.884 8.543 
Liquid to ReboUer Ratell moll.es/hr. 33.209 22 .. 698 
Vapor from Reboi ler Rate i> moles/hr. 28.368 31.882 
Vapr to Top Tray 1> m.f. -:f 0.5908 
Stream Compositions* 
Time, Li,quid to Vapor from 
min. Feed DhtHlate Bottoms ,RebcUer Re bot lier 
-rn.o 0.5424 .. 0.3770 0.4596 .. 
.. s.o 0.5419 o.7334 0.3762 0.4601 0.5154 
o.o 0.5379 0.7420 0.3775 0.4595 0.5218 
1. 5 0.6517 0.7589 0.3775 0.4604 0.5225 
3.0 006710 o. 7829 0.3781 004616 0 .. 5210 
4.5 0.6139 0.1993 0 .. 3784 o.4643 0 .. 5298 
6.0 0.6744 0.8081 0.3794 0.4689 0 •. 52U 
s.o 0.8162 0.3820 0.4797 0.5250 
10.1 ... 0.8125 003848 0.4903 0.5276 
12.0 o.au1 0.3883 004981 0.,5440 
15.0 ... 0.8206 003969 0.5088 005531 
20~0 0.6741 0.8103 0.4137 0.5252 005676 
2s.o .. 0.8173 0.4260 0.5376 o.san 
30.0 • 0.8329 0.4348 0.544.5 0.589 )1 
35o0 ... 0.8413 0.4407 0.5.529 006024 
40.0 0.6729 0.8481 004505 0.5629 0.6019 
4.8~0 0.8387 004661 0.5740 006239 
*Compositions are given as mole fraction benzene. 
TABLE. XV 
EXPERIMENTAL DATA FOR RUN 3al 
Benzene .. Toluene ·p~Xy le.ne 
Feed Rate~ moles/hr. 
Distillate Rate, moles/hr. 
Bott.oms Rate~ moles/hr. 
Liquid to Rebo1 ler Rate 9 moles/hr .. 
Vapor from Reboiler Rate 9 moles/hr. 





















































o .. 6656 

















































0 .. 1442 
0.1473 































TABLE XV (continued) 
Stream Compos1tions 9 m.f. Toluene 
Tllme 9 Liquid to Vapor from 
min. Feed Distillate Bottoms Reboiler Reboil~r 
- s.o 0.4915 0.2822 0.7104 0.6959 006905 
o.o 0.4920 0.2866 o. 7112 o.6988 0.6919 
10 .5 0.5202 0.3052 o.1us o.6994 o.6965 
3.0 o.s230 o.3137 0.1114 0.6994 o.6950 
4.5 0.5231 0.3142 0.1112 0.6995 0.6958 
6.0 0.5235 0.3.122 o. 7128 0.7010 0.6964 
s.o 0.5226 0.3144 0.7132 d.7041 o.6976 
10.0 0.3126 0.1142 o. 70.57 o.6982 
12.0 ~ 0.3143 0.7139 0.1059 0.7019 
15o0 ·- 0.3169 0.1141 o.1oss 0.7022 20.0 .. 0.3163 o. 7132 0.7066 0.7040 
25.0 0.5233 0.3138 0.7164 0.7083 0.7007 
30.0 - 0.3113 o. 7169 0.1121 0.7074 35.0 0.3190 o. 7186 0.1~13 o. 7ll.10 
40.0 0.3169 0.7172 0.7160 o. 7140 
45.0 0.5238 o.3112 0.7207 o. 7157 o.7149 
so.o - - 0.1201 o. 7133 o. 7158 
60.0 0.3198 o. 7196 0.1106 o. 7132 
65.0 o.:H28 0.1200 o. 7131 0.7U3 
TABLE XVI 
EXPERIMENTAL DATA FOR RUN FFC 2Q2 
Benzene ... Toluene 
Parameter 
Feed Ratel) moles/hr. 
OhtUlate Rat.e 9 moles/hr .. 
Bottoms Rate, moles/hr. 
Feed Composition 9 m.f.* 
L:lqu:li.d to Rebo:Uer Compos.it.ion~ m.f.ir 
















0 .. 4020 
Bottoms Rate, · Stream Com12osi ti onsP" 
moles/hr. Time, mino Distillate Bottoms 
- s.o 80655 0.6502 0.2674 
o.o 80655 0 .. 6478 0 .. 2659 
1.0 s .. 20 .. 002649 
3.0 7 .. 55 .. 0 .. 2658 
s .. o 7 .. 12 0.2668 
7 .. 0 6.87 .. 0.2659 
9.0 61172 o.6575 0 .. 2664 
11 .. 0 6 .. 61 - 0 .. 2671 
14.0 6 .. 51 .. o .. 2685 
18 .. 0 6.46 0 .. 6288 0 .. 2736 
22 .. 0 6 .. 45 0 .. 2151 
26.0 6.43 0 .. 2729 
.30.,0 6.43 0 .. 6680 0.2694 
*Compositions are given as mole fraction benzene. 
TABLE XVII 
EXPERIMENTAL DATA FOR RUN FFC 2 ... 3 
Benzene-Toluene 
F.eed Rate, moles/hr. 
Distillate Rate, moles/hr. 
Bottoms Rate, moles hr. 
Feed Compositionll m.f.* 
Liquid to ReboUer Composition, m.f.* 


















Bottoms Rate, Stream Comeositions* 
moles/hr. Time 2 min. Distillate Bottoms 
.. s.o 8.578 0.7599 0.3740 
o .. o 8.578 0.7563 o.3764 
loO 9.25 .. o •. 3764 
3o0 10.40 - 003743 s.o 11.23 .. 003755 
7.0 u.1a o.3116 
9o0 12.14 o.6398 0.3684 
n.o 12.37 - 0.3627 
13.0 12.52 o.Jso1 
15.0 12.62 ·• 003562 
17.0 12.68 0.3520 
20.0 12.75 0.6389 o.3456 
24.0 12.77 - 0.3382 
28.0 12.80 - 003308 
31.5 12.80 0.6444 0.3241 
*Compositions are given as mole fraction benzene. 
TABLE XVIII 
EXPERIMEN'l'AL DATA FOR RUN FFC 2·4 
Benzene•Toluene 
Initial 
Parame.ter Steady St.ate 
Feed Rate 9 moles/hr. 14.519 
Distillate Rate 11 moles/hr. 6 .. 132 
Bottoms Rate, moles/hr. 8.387 
Feed Compost ti on, m. f. * 0.4536 
Liquid to Reboiler Composition» m.f.* 0.3455 


































































EXPE.R.IMENTAL DATA FOR RUN FFC 2 ... S 
Ben~enei ... Toluene 
Parameter 
Feed Rate 9 moles/hr. 
Oisti Uate Rate, .moles/hr. 
Bottoms Rate, moles/hr. 
Fee.d Composition!) m.f.* 
Liquid to Reboiler Composition, mofo* 


















Bottoms Rate, Stream ComeosiUo:ns* 
.moles£hr. Time 1 mino Di sti llate ·. · Bottoms 
- s.o 8.388 o.6786 0.2877 
o .. o 80388 o.6774 0 .. 2877 
loO 8.53 .. 0 .. 2814 
3.0 8 .. 93 ... 0.2864 
5.6 9.15 ... 002866 
1.0 9.28 0.2850 
9.0 9.32 0.2855 
11.0 9.43 0.6501 0.2849 
13.0 9.46 - 0.28.37 16.0 9.50 - o.2s23 
20o0 9.50 o.6590 0.2815 
24.0 9.50 - 0.2809 28.0 9.:51 • 0.2794 
32.0 9.5.l 0.6674 0.2768 
*Compositions are given as mole fraction benzene. 
TABLE XX 
EXPERIMENTAL MTA. FOR RUN FFC 2· 6 
Benzene-Toluene 
Parameter 
Feed Rate, moles/hr. 
Distillate Rate, moles/hr. 
Bottoms Rate, moles/hr. 
Feed Composition, m.f.* 
Liquid to Reboiler Composition, m.f •* 
Vapor from Reboiler Composition, mofo* 
Initial 















Bottoms Rate, Stream Com;eositions* 
Time,. min. moles/hr. :·Distillate · Bottoms 
.. s.o 9.53 o.6aos 0.2545 
o.o 9.53 0.6632 0.2553 
1.0 9.15 • 0.25S7 
3.0 8.60 0.2551 
5~0 8028 - 0.2564 1 .. 0 a.os ... 0.2594 
9.0 7.97 .. 0.2603 
11.0 7.88 0 •. 1111 0.2633 
13.0 7o83 0.2674 
16.0 7.81 - 0.27U 20.0 7.79 o. 7243 0.2760 
24.0 7.78 0.2838 
28.0 7.78 0 .. 2874 
32.0 7.78 o.1i,2 0.2921 
*Compositions are given as mole fraction benzene. 
TABLE XXI 
EXPERIMENTAL DATA FOR RUN.FFC 3·1 
Benzene•Toluene•p•Xylene 
Parameter 
Feed Rate 9 moles hr. 
Distill.late Rate, moles/hr. 
-
.Bottoms Rate, moles/hr. 
Feed Composition., m.f. 
Benzene 
Toluene 
Liquid to Rebe.Her Compos1tion11 m.£. 
Benzene 
Toluene 

























Product Stream Compositions, m.£. 
Benzene • .. . . . · · Toluene Time!) Bottoms Rate, 



























7 .. 63 
7"63 
















































EXPERIMENTAL DATA FOR RUN FFC 3•3 
Benzene•Toluene•p•Xylene 
Parame.ter. 
Feed Rate, moles/hr. 
Distillate Rate, moles/hr. 
Bottoms Rate$ mdles/hr. 
Feed Composition, m.f. 
Benzene 
Toluene 
Liquid to Reboiler Composition, m.f. 
Benzen, 
Toluene 

























Produ·ct Stream Comeosi ti ons I m.£ o 
Time11 Bottoms Ratep Benzene Toluene 
min. molesl'hr. Distillate· Bottoms Distillate Bottoms 
- s.o 9o47 o.6837 0.2303 0.2948 0.6298 
o.o 9.47 o .• 6731 0.2301 o.3037 o •. 6.29a 
1.0 9.23 002292 0.6305 
3.0 a.as .. 0.2293 - o.6304 s.o 8.68 .. 0.2289 o.63oa 
7.0 8~54 ... 0.2299 - 0.6299 9.0 8.46 - 0.2306 - o.6296 UoO 8041 0.1031 0.2325. 0.2685 o.6287 
13.0 8.37 ... 002333 o.6279 
15o0 8.35 - 0.2343 - 006272 
18o0 8.33 0.7133 0.2,54 0.2685 o.6269 
22.0 8.33 .. 0.2350 - o.6276 26.0 8.33 • 0.2347 - 006279 
32.0 8.33 o.;os1 0.2335 0.27.50 0.6285 
TABLE XXIII 
EXPERIMENTAL DATA FOR RUN FFC 3 .. 4 
Benzene .. Toluene•p•Xylene . 
Parameter 
Feed Rate~ moles/hro 
Distillate Rate, moles/hro 
Bottoms Rate, moles/hr .. 
Feed Compos! tion 9 mof o 
Benzene 
Toluene 
Liquid to Reboiler Composition, m.f. 
Benzene 
Toluene 

























. Product Stream Comeosit1ons 2 m.f. 
Time it Bott oms Rate , Benzene Toluene 
mino moles/hr. .Dist.illate · · Bottoms Distillate Bottoms 
• 5.0 9.28 0.6202 o. 1765 0 .. 3528 0.6630 
o.o 9.28 0.6113 o.1769 0.3617 0.6624 
1.0 8.75 ... 0.1766 006635 
3.0 7.97 .. 0.1753 - 0.6642 
s.o 7.46 ... 0.1758 .. o.6639 
7.0 7.20 0.1760 0.,6640 
9.0 7.02 0.1755 - o.6641 
lloO 6.91 0.6677 0.1761 0 .. 3107 o.6640 
13 .. 0 6.85 ... 0.1766 0.6630 
15. 6.82 - 0.1768 ... o.6627 
17.0 6.79 .. o. 1772 ... 0 .. 6619 
20.0 6.77 0.6396 0.1791 0.3336 0.6608 
24.0 6.76 0.1820 0.6589 
28.0 6.76 .. 0.1843 - 0.6568 
32 .. 0 6.76 0.6465 0 .. 1861 0.3279 o.6559 
0.90 
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Figure 38. Computed Bottoms Rate Response for Run FFC 2-2. ,-. 
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Figure 39. Computed Bottoms Rate Response for Run FFC 2-3. 
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Figure 41. Computed Bottoms· Rate Response for Run FFC 2-5. 
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Figure 44. Computed Bottoms Rate Response for Run FFC 3.:.3_ 
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